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Bioethanol is the most important biofuel produced by fermentation of sugars from various biomass types.
The main disadvantages associated to this process consist in the negative effect of high ethanol concentration
on the cell growth and in the separation cost of ethanol-water system resulted in the fermentation process.
Sugar fermentation using Saccharomyces cerevisiae yeast coupled with bioethanol recovery by
pervaporation has been modeled and simulated in this paper. In order to avoid the clogging of pervaporation
membrane, the yeast cells were previously retained into an ultrafiltration unit. Three operating modes were
analyzed and compared, i.e., classical batch fermentation (BF), batch fermentation coupled with external
ultrafiltration and pervaporation (BFPV), and fed batch fermentation coupled with external ultrafiltration
and pervaporation (FBFPV). Surface areas of ultrafiltration and pervaporation units were selected as process
control variables.
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Biofuels derived from renewable resources are realistic
and perhaps one day will become economic substitutes to
fossil fuels. Bioethanol produced by biomass fermentation
is widely used in the sectors of energy and materials [1-7].
During the traditional ethanol batch fermentation process,
the accumulation of ethanol in the biosynthesis mass
inhibits cell growth leading to low ethanol concentration
in the fermentation broth, causing a lot of energy consumed
for its recovery [8]. Currently, bioethanol synthesis is
developed following three major research directions. The
first one refers to finding new technologies capable of
exploiting as many vegetal resources containing
fermentable sugars as possible. The second direction is
related to the adaptation or development of new microbial
systems with enhanced tolerance to high concentrations
of ethanol in the fermentation broth. The third one refers to
bioethanol separation which should lead to a minimization
of production costs. Modern separation technologies based
on the removal of ethanol from the fermentation broth by
gas stripping, extraction, adsorption, distillation, and
pervaporation have been developed. Ethanol removal by
gas stripping occurs by its transfer into a gas stream. This
procedure, which uses carbon dioxide produced in the
fermentation process as a gaseous stripping media, was
conceptually appealing owing to its simplicity and ability
to operate at the same temperature as that of the
fermentation reactor, thus without lethal action to the cells
[9-11]. Ethanol fermentation coupled with product
extraction involves the mass transfer of the ethanol from
the fermentation broth to a suitable extractant [8,12-14].
By using a coupled adsorption/fermentation process,
ethanol is preferentially transferred to a solid adsorbent
material, which is insoluble in the broth and has a high
selectivity for ethanol [15-18]. Pervaporation is one of the
most promising approaches for the recovery of alcohols or
other solvents from fermentation broths [19-22]. Referring
to the effect of fermentation by-products on the purification
of ethanol from water using pervaporation, it was proved
that sugars and salts increased the membrane
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performance, whereas butanediol and glycerol (secondary
ethanoic fermentation products) decreased the ethanol
flux and selectivity of pervaporation membrane [19].

This paper aims at modelling and simulating sugar
fermentation using Saccharomyces cerevisiae yeast
coupled with bioethanol recovery by pervaporation. In order
to avoid clogging of the pervaporation surface, an
ultrafiltration unit was inserted between the fermenter and
the pervaporation unit, its retentate being recycled into the
fermenter.

Modelling of ethanol fermentation coupled with
product pervaporation
Total flux and membrane selectivity for pervaporation of
ethanol dilute solutions

Various membrane types have been studied in the
pervaporation recovery of organic compounds from water-
containing streams. Due to their hydrophobic and
organophilic properties, rubbery polymers have been
recognized as potential materials for pervaporation
applications. Polydimethylsiloxane (PDMS) is the most
common silicone rubber material used in these
applications. The separation factor (a) of PDMS
membranes used for ethanol-water pervaporation
commonly ranges from 4 to 20 [22-24]. Characteristic total
flux (J)) of this membrane type is relatively low, i.e., cca. 1
kg/(mEx h) [25,26]. The modification of PDMS membranes
with special fillers such as hydrophobic zeolites, referring
specifically to rubber based composite membranes, has
also been studied [26,27]. In many cases, the ethanol-
water separation factor of these modified membranes has
been increased (up to 55), whereas the total flux has been
generally kept at a value of about 1 kg/(m2xh). In the past
decades, inorganic zeolite membranes [28-30] have also
been extensively studied for pervaporation applications.
Zeolite membranes are claimed to offer some advantages
over polymeric membranes, e.g., they do not swell, are
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more stable chemically than polymeric ones, can tolerate
high temperatures resulting in high permeate fluxes.

Zeolite membranes with separation action in a microfilm
(MFI), especially silicalite type membranes, have been
widely studied for removing organics from water-
containing streams. The advantage of silicalite type
membranes in the separation of ethanol from aqueous
solutions is attributed to the hydrophobic properties and
well-defined pore size of silicalite crystals [31]. Ethanol-
water separation factors over 106 have been reported for
some pervaporation MFI membranes, while the total flux
was slightly over 1 kg/(m?xh). The aim in zeolite
membrane synthesis is to produce membranes that are as
thin as possible. Zeolite membranes are typically
synthesized onto porous inorganic supports, which are
needed to ensure the mechanical strength of the thin
membranes.

To design membranes for specific applications and
predict their performances, a deep understanding of
transport phenomena is required. However, itis challenging
to develop a mass transfer model for pervaporation
applicable for all types of membrane materials and
separated mixtures. The swelling behaviour of polymeric
membranes and the multi-feature diffusion mechanisms
through inorganic membranes prohibit the development
of a universal mass transfer model for pervaporation
[31,32].

Assilicalite membrane synthesized onto a ceramic tube
was considered in this paper. If the ethanol fermentation
of sugar species (glucose) produces only ethanol, the
permeate concentrations in ethanol (c,) and glucose (c)
as well as the process temperature () can be considered
as process factors affecting the membrane total flux (J)
and separation factor (a). Tables 1 and 2 contain data
adapted from the related literature [31,33-35]) and
organized according to a 2*factorial plan. Minimal, central
(0), and maximal (max) levels of process factors are
specified in table 1, where coded values of process factors
were given by egs. (1)-(3). Values of process performances
in terms of J and a for various levels of coded factors (X,

X, and X) are summarized in table 2.
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Regression equations showing the dependence of J, (eq.
(4)) and a (eq. (5)) on the process factors were obtained
by processing the data presented in table 2 according to
the characteristic procedure of a 22 factorial plan [36-38].
These equations along with the species balances for the
pervaporation device represent the basic mathematical
model of the pervaporation unit. This model coupled with
that of a fermentation bioreactor can accurately describe
the integrated processes.

J(X. X, X;)=0681+0249X, +0286X, + 0.114X,.X,  (4)

o X, X, X;) =47 88+13 375X, ()
Modelling of the ethanol fermentation

Ethanol is industrially produced in batch, continuous, fed
batch or semi-continuous systems. In batch fermentation,
the substrate and yeast culture are charged into the
REV.CHIM.(Bucharest)¢ 68¢ No. 11 ¢ 2017

Table 1
LEVELS OF PROCESS FACTORS FOR PV DEHYDRATION OF
ETHANOL USING A MFI SILICALITE MEMBRANE

Matural factors Coded factors
Lewvel CE €5 f
gmd) | kemd) | o) [ BB
Minimal 20 20 3 -1 -1 -1
Central 80 120 30 0 0 0
Maximal 140 220 J0 |+l +1 | +1
Table 2
EXPERIMENTATION MATRIX FOR PV DEHYDRATION OF ETHANOL
MNo. | X | AL B , jz-. o
(kg/(m?xh)

1 | +1[+1 | +1 1.23 5

2 [ +1[+1] 1 0.58 37

3| +1 -1+l 1.43 63

4 [+1 | -1 1 0.48 64

5 A1+ |+ 0.59 35

] B I R . | 0.23 34

7 A1 -1+t 0.62 39

8 1] -1] 1 0.29 38

bioreactor along witn e nutrients. 1ne main aavantages
of batch systems are their easy control and great flexibility.

Inthe continuous process, the feed containing substrate,
culture medium, and other required nutrients is
continuously pumped into an agitated vessel which
contains active microorganisms. The product, which is
taken from the bottom of the bioreactor, contains ethanol,
cells, and residual sugar. Fermentation systems operated
in a continuous mode offer several advantages compared
to batch processes, generally resulting in enhanced
volumetric productivity and, consequently, smaller
bioreactor volumes and lower investment and operational
costs. The major drawback is that the yeasts cultivated
under anaerobic conditions over a long period have a
diminished ability to synthesize ethanol. Moreover, at high
dilution rates enabling elevated productivities, the substrate
is not completely consumed and ethanol yields are reduced
[39].

In fed batch operation, the feed solution, which contains
the substrate, yeast culture, and required minerals and
vitamins, is fed at constant intervals, while effluent is
discontinuously removed. The main advantage of the fed
batch system is that the intermittent feeding of the substrate
prevents inhibition. If the substrate has an inhibitory effect,
intermittent addition improves the productivity of the
fermentation by maintaining a low substrate
concentration.

In semi-continuous processes, a portion of the culture
is withdrawn at intervals and fresh medium is added to
the system. This method has some of the advantages of
continuous and batch operations. There is no need for a
separate inoculum vessel, except at the initial start-up.
Another advantage is that not much control is required.
However, there is a high risk of contamination and mutation
due to long cultivation periods and periodic handling.

Despite their drawbacks, bioreactors operated in batch
or fed batch mode are widely used in current industrial
practice. Mathematical models describing batch and fed
batch fermentations are mainly based on characteristic
equations of process kinetics and mass balance.

Fermentation kinetics
Various kinetic models have been developed for the
growth of S. cerevisiae yeast cells in batch or continuous
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glucose fermentation. Among them, unstructured models
provide a good understanding of the global metabolism of
microbiological processes [40-42]. These unstructured
models fairly approximate the dynamics of ethanol
fermentation processes, especially for batch or fed batch
operation. Cellular growth rate, v, (kg/(m3xh)), can be
determined by Monod equation (23 where ¢, (kg/m®) is
the concentration of the limiting substrate, ¢, fkg/m3) the
concentration of yeast cells, y_ - (h) thé maximum
specific growth rate of microorganims, and K (kg/m®) the
substrate saturation constant.

Cs
Kg + Cs

This equation describes well the fermentation processes
as the growth of the fermenting organism is not inhibited
by toxic substances. For glucose fermentation with S.
cerevisiae it can be used only for low glucose
concentrations. Microbial activity during ethanol
fermentation is affected by certain factors, including cell
death, substrate limitation, substrate inhibition, and product
inhibition. The influence of all these factors on the S.
cerevisiae cellular growth rate is expressed by eq. (7)
[43,44], where K, (m%Kkg) is the substrate inhibition
parameter, K_(h") the constant of cellular death rate, C,
(kg/m3) and’ C.... (kg/m®) are the yeast and ethanof
concentrations at which the growth ceases, mand n are
empirical parameters.

The ethanol production rate (v.) is given by eqg. (8),
where Y_ (kg/kg) is the product ylefgl based on cell growth
and 3, (h)i) a parameter related to the ethanol biosynthesis
by yeast cells. The substrate consumption rate (v,,) is
expressed by eq. (9), where Y, (kg/kg) is the limit celfular
yield and B, (h") a parameter *Similar to B. According to
the data reported in the related literature for a culture
medium based on sucrose or glucose at a concentration
level of 50-250 g/L and a fermentation temperature of 2040

Vay = Mo Cx (6)

Table 3
TEMPERATURE DEPENDENCE/VALUES OF PARAMETERS
CHARACTERIZING GLUCOSE FERMENTATION
WITH S. CEREVISIAE FOR t=20-40 °C AND Cs=50-250 g/L

°C [43,45-48], characteristic parameters of egs. (7)-(9) are
summarized in table 3.

Ver = Mo ch[exp(Kice)tll 1-Cx | |1-C= \} -Kcy
K +es N Cxam )\ Cram ) N @

Vg = Yox Ver + Bacx ®)

Ves = Vax ' Tx + ey ©

Physical model of ethanol fermentation coupled with
product pervaporation

The physical model describing ethanol biosynthesis
coupled with product pervaporation is shown in figure 1.
The pervaporation device is protected from clogging with
cellular material by an ultrafiltration device mounted
between the bioreactor and the pervaporation unit.

The process of ethanol fermentation coupled with
product recovery occurred as follows: (i) a broth stream
from the bioreactor (1) was fed by a pump (2) into the
ultrafiltration device (3), where the yeast cells were kept
inthe retentate; (i) the ultrafiltration retentate was recycled
into the bioreactor and the ultrafiltration permeate was
fed by a pump (4) into the pervaporation device (5); (iii)
the pervaporation retentate was recycled into the
bioreactor, whereas the permeate vapour was condensed
in a heat exchanger (6) and further fed into a collector (7).

Three operating modes were considered, i.e., batch
fermentation (BF), batch fermentation coupled with
ultrafiltration and pervaporation (BFPV), and fed batch
fermentation coupled with ultrafiltration and pervaporation
(FBFPV). FBFPV involves the following procedure: (i) start
BF; (ii) switch BF to fed batch fermentation (FBF) by feeding
a concentrated substrate (t,=5 min); (iii) start the
ultrafiltration and pervaporatlon processes (T, =10 min);
(iv) switch FBF to BF (T,,=45 min). BFPV operatlng mode
includes only steps (i) and (iii).

The parameters in figure 1 are as follows: Vand V_are
the volumes of liquid phase in the bioreactor and in the

No. | Parameter Equation Unitz | No. | Parameter | Value | Units
1 L 0.28(1200-0.075 hl 7 Kz 423 | kg/m’
2 € Fmag 260-106(207 | kgm? | 8§ £ 0.002 | m¥kg
3 € may 260-1200200 | kg/m? | 9 BE 0.095 hl
4 YeEx 1006(6200-10.25 | kg'kg | 10 A5 n.1e bl
5 Fr 0.19-0.08(220) | kgkg | 11 m 1 -
& Kq 0.54-0.12(220) hl 12 H 1.5 -
F, esF S wlpay - Tpdp/ppps €5py €Ep
co, ﬂ Fir-Judwpup: Cxus €Xidus €5 CE
f -"'\-\I
' 1 iimliln Jpdp/pyp, CEF:
V. ex: cxin Ay . ) .
5, CE, €CD Fig. 1. Scheme of ethanol fermentation coupled with

ultrafiltration and volatile species pervaporation:
(1) bioreactor, (2) ultrafiltration pump, (3) ultrafiltration

2 Jeudu/pups €55 €E

Fus €%, Cxas €5, CE

2710

Ve €Ec
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device, (4) pervaporation pump, (5) pervaporation device,
(6) vacuum pump, (7) condenser, (8) collector of condensed
pervaporation permeate.
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collector of condensed pervaporation permeate, c,, C,, C,,
Cor and cCDthe concentrations of substrate (sugar), ethanol,
viable S. cerevisiae cells, dead S. cerevisiae cells, and
carbon dioxide in the bioreactor, Fand F the feed flow
rates of bioreactor and ultrafiltration device, ¢, and c,
the concentrations of active and dead ceﬁs in tl"Xle
ultrafiltration retentate, c,. and ¢, the concentrations of
substrate in the bioreactor feed and in the pervaporation
retentate, c_, .., and c_ the concentrations of ethanol in
p' "EFC Ec A

the pervaporation retentate, in the feed of collector of
condensed pervaporation permeate, and in the collector,
J,,and J,the total fluxes of ultrafiltration and pervaporation
permeates, p and P, the densities of ultrafiltration and
(condensed) pervap5rat|on permeates, A and A the
surface areas of ultrafiltration and pervaporition
membranes.

Mass balance in the bioreactor

Total and partial mass balances in the bioreactor are
expressed by egs. (10)-(15), whereas ¢, ¢, , Cop Cyy and
¢, parameters in egs. (10)-(15) are given ’by egs. (16)-
(2%) where m_, (kg) is the mass of carbon dioxide, M_,,

Mg M, and M_ (kg’/kmole) are the molar masses of carbon
dV A,
- = F . 10
- - (10
dWeg) -, ,.
—ar VK ex — Fexe +(F, = Jo A, | P )iz, (1)
diVey) ., .
O Vo~ Fiex +(Fum Ju | e ®
d(Ve; . . . .
(d'r-) =—WPvgs+ Fesp —Jydes ! Poy + (T oAy 0 — S pd, | Ppp)es,
3
d(Ve . . . .
% = I‘VF_E - Jm‘iuﬁf pL.,_v; + (L‘rn..‘{u pup - “r;_v,-“i; p;pj CEp
(14
dmeyy,  Mep ., . . .
Pep _2eb 1y, — T Auer! Py + (T By =Ty 0005
dr Mg )
Mp,,
arleg Jeg ﬁ
Cer: = = ;} (16)
1+[ele; ) -1, —=
[ (CE] }_E M,p,
J Ace—J Acer
gy = wdCg w1 CER )
P T —d A,
€ = J—n.“iuﬁ? (18)
¥ T A~ A,
cu = Fex 19
" AL ]
FL.' - "‘r'.'l.."il.i Py
Fex (20)
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dioxide, ethanol, ultrafiltration permeate, and condensed
pervaporation permeate.

Total ultrafiltration permeate flux

Some assumptions regarding the ultrafiltration device
were made: (i) ethanol biosynthesis was neglected due to
the short residence time of ultrafiltration retentate; (ii)
ultrafiltration permeate did not contain any S. cerevisiae
cells; (iii) substrate and ethanol concentrations were the
same in the ultrafiltration retentate and permeate, i.e., ¢,
andc..

Total ultrafiltration permeate flux, J, (kg/((m?xh), was
determined by eq. (21), where n (kg/(mxs)) is the
permeate viscosity, R (m!) the initial membrane
resistance, r (kg/(m3><s)§ the gel layer specific resistance,
Ap (N/m?) the transmembrane pressure, ¢, (kg/m®) the
biomass concentration in the bioreactor, ¢, (kg/m?) the
biomass concentration in the gel layer, and t(h) the time
[49].

1
J,, = 3600

Ap
. 2r.Ape, 21
(nR,)? +3600 —E2°% @)

\ “Xe ]
™ -AE r

For an ultrafiltration unit based on a tubular ceramic
membrane and for superficial velocities of retentate inside
the tube over 2 m/s, the following values of parameters in
eq. (21) were reported [49-52]: R, =2-1210* m™* and rg/
C,,~3-8710° s,

Mass balance in the collector of condensed
pervaporation permeate

The collecting tank of condensed pervaporation
permeate was assumed as a perfectly mixed vessel
characterized by egs. (22) and (23), where V. (m°) is the
volume of liquid phase collected in the tank and ¢, (kg/
m?®) the ethanol concentration in the collector.

av, I A,

W i @
dr ’GFF

dﬁE( _ L‘r;:,-"ip I:CEF( - CE(j (23)
dr LoV

Mathematical model of ethanol fermentation coupled with
product pervaporation

Mathematical model describing the coupled processes
is based on 8 differential equations, i.e., egs. (10)-(15),
(22), and (23), which determine the dynamics of V, c,, ¢, ,
Cy Com, V, and Cor Ethanol batch fermentation fBrfo
ethanol batch fermentation coupled with ethanol recovery
by pervaporation (BFPV), and ethanol fed batch
fermentation coupled with ethanol recovery by
pervaporation (FBFPV) were simulated depending on the
parameters specified in table 4 and those determined by
egs. (1)-(5), (7)-(9), and (16)-(21).

Results and discussions

Dynamics of broth volume, concentrations of sugar,
ethanol, active and dead cells, as well as carbon dioxide
mass in the bioreactor are shown in figs. 2-4. Results on
the dynamics of total permeate flux for ultrafiltration and
pervaporation processes, liquid volume in the collector of
pervaporation permeate, mean ethanol concentration in
the collector, ethanol concentrations in the permeate and
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Table 4
INPUT PARAMETERS FOR BF, BFPV, AND FBFPV

No. Process factors EF EFPV FBFPV
1 | Initial broth volume in the bioreactor, F (m?) 30 50 20
2 | Initial sugar concentration in the bioreactor, can (kg/m™) 150 130 130
3 | Initial active cells concentration in the bioreactor, cxn (kg/m®) 1.5 1.3 1.3
4 | Initial dead cells concentration in the bioreactor, cxn (kg/m?) 0.15 0.15 0.15
5 | Initial volume of liquid phase in the collector of pervaporation permeate, oo (m®) - 0.01 0.01
6 | Initial ethanol concentration in the collector, cEmn (kg/m®) - 01 01
7 | Processing time, 1r{h) 100 100 100
8 Surface area of ultrafiltration device, 4y {ml} - 470,300 | 470,300
9 | Surface area of pervaporation device, 4y (m?) - 340,170 | 340,170
10 | Pervaporation start time, zpy (h) - 10 10
11 | Fed batch start time, tF1 (h) - - 3
12 | Fed batch stop time, w2 (h) - - 45
13 | Bioreactor feed flow rate, F (m¥/h) - - 1.2
14 | Sugar concentration in the reactor feed, o7 (kg/m?) - - 250
13 | Ultrafiltration device feed flow rate, Fi (m*/h) - 20 2
16 | Net ultrafiltration pressure difference, Ap (bar) - 1 1
17 | Pervaporation permeate pressure (mbar) - 70 70
12 | Bioreactor temperature (°C) 30 30 30
19 | Pervaporation device temperature (°C) &0 &0 &

retentate of pervaporation unit are presented in figures 5-
7. Data depicted in figures 2-7 reveal the following issues:

() the broth volume (V) for BFPV (curves 2 and 3 in fig.
2a) decreased almost linearly, indicating an almost
constant total permeate flux of pervaporation device
(according to the data presented in figure 6b, where the
values of J, are close to a mean value of 0.6 kg/(m*"h)
(curve 2) and 0.5 kg/(m?"h) (curve 3), respectively); the
broth volume for FBFPV (curves 4 and 5 infig. 2a) increased
from 1,=5 h to 1_=45 h (between start and stop time of
fed batch operatlon) because the feed flow rate was larger
than that of pervaporation permeate;

(i)) no major differences are observed in terms of sugar
consumption rates for BF and BFPV (curves 1-3 in fig. 2b);
the operation time of 31 h found for BF is also close to
those of BFPV, i.e., 29 h (curve 2 in fig. 2b) and 28 h (curve

3in fig. 2b); sugar concentration (c,) for FBFPV (curves 4
and 5 in fig. 2b) decreased in the first 5 h from 150 g/L to
136 g/L, because is no feed, then it increased in the next 7
h, and further decreased due to an increase in the
fermentation rate;

(iii) dynamics of concentrations of active and dead cells
(fig. 3) were similar for BF, BFPV, and FBFPV; for ¢ <15 g/
L, the concentration of active cells (c,) decreased f"nearly
with the time (fig. 3a), whereas that of dead cells (c,,)
increased linearly (fig. 3b);

(iv) dynamics of ethanol concentration inside the
bioreactor (c,), presented in figure 4a, reveal an increase
up to a value of 11 g/L (which was reached at about 30 h)
followed by a constant plateau for BF (curve 1); for BFPV
(curves 2 and 3) and FBFPV (curves 4 and 5), ethanol
concentration exhibited the same trend as that of active

0 200

Fig. 2. Dynamics of broth volume (a) and sugar
concentration (b) in the bioreactor:

(1) BF; (2) BFPV (4,=300 m?, A =170 m?, F, =20 m?/
h); (3) BFPV (A,=470 m?, A =340 m?, £, =20 m?/h);
(4) FBFPV (4,300 m?, A =170 m?, £, =20 m/h); (5)
FBFPV (A, =470 m? A =340 m?, F =20 m?h)

Fig. 3. Concentration dynamics of active cells (a)
and dead cells (b) in the bioreactor:
(1) BF; (2) BFPV (4,=300 m?, A =170 m?, F =20 m/
h); (3) BFPV (A, =470 A, =340 m?, F, =20 m¥h);
(4) FBFPV (A, =300 m? A =170 m?, F= 20 m¥h); (5)
FBFPV (A,=470 m?, A =340 m?, F =20 m%/h).

http://www.revistadechimie.ro

REV.CHIM.(Bucharest)¢ 68¢ No. 11 ¢ 2017



$210°

6107
mep
(kg)

£:10°

(gL)

P .§ la W WD --umi
%3

e

fﬁ‘

Fig. 4. Dynamics of ethanol concentration
(a) and carbon dioxide mass (b) in the
bioreactor:

(1) BF; (2) BFPV (A,=300 m?, A =170 m?,

F,=20mé/h); (3) BFPV (A =470 m?, A =340
m?, F,=20 m¥h);

(4) FBFPV (A =300 m?, Ap:170 m?, F,=20

m?/h); (5) FBFPV (A, =470 m?, Ap:340 m?,

F,=20m/h).

Fig. 5. Dynamics of liquid phase volume (a) and
mean ethanol concentration (b) in the collector
of condensed pervaporation permeate: (1) BF;
w (2) BFPV (A,=300 m?, Ap:170 m?, F =20 m*h);
| (3) BFPV (A, =470 m? A =340 m? F =20 m*h);
(4) FBFPV (A, =300 m? A =170 m?, F =20 m’h);
(5) FBFPV (A, =470 m? A =340 m’, F =20 m’h).

Fig. 6. Dynamics of total permeate flux of
ultrafiltration (a) and pervaporation (b)
devices: (1) BF; (2) BFPV (A,=300 m?, A =110
m?, F,=20 m¥h); (3) BFPV (A, =470 m?,

A =340 m? F =20 m¥h); (4) FBFPV (A, =300
m?, A =170 m? F =20 m*h); (5) FBFPV
(A=470m? A =340 m? F =20 m°h).
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cells, i.e., it increased up to 40-50 g/L (at about 30 h for
BFPV and 50 h for FBFPV) and then decreased, the
maximum values of ¢, being higher for lower level of
surface areas of ultrafiltration and pervaporation
membranes (A =300 m? and A =170 m?);

(v) the mass of carbon dioxide produced during the
fermentation process (m,,) was almost double for FBFPV
(curves 4 and 5 in fig. 4b) than for BF and BFPV (curves 1-
3infig. 4b) as an effect of substrate feed between1,=5h
and t_.=45 h;

(vi)qliquid phase volume in the collector of condensed
pervaporation permeate (V) increased nearly linearly over
time for BFPV (curves 2 and 3 fig. 5a) and FBFPV (curves
4 and 5 fig. 5a), indicating an almost constant total
permeate flux of pervaporation device (J[p), as shown in
fig. 6b; mean ethanol concentration in the collector (¢, ),
which is presented in fig. 5b, was higher for FBFPV (up to

40 60 80
()

773 g/L) than for BFPV (up to 383 g/L); moreover, higher
levelsof A and A resulted in higher values of V_and lower
values of ¢__, respectively.

(vii) total permeate flux of ultrafiltration device )
decreased over time for BFPV (curves 2 and 3 in fig. 6a)
and FBFPV (curves 4 and 5 in fig. 6a) and it is higher for
FBFPV; dynamics of total permeate flux of pervaporation
device (J,), which are shown in fig. 6b, as well as of ethanol
concentrations in the condensed permeate (c,.) and
retentate (c,) of pervaporation (fig. 7) exhibit the same
trend as those of ethanol concentration in the bioreactor
(fig. 4a).

Some advantages of coupled processes are revealed by
results summarized in table 5. The major advantage
consists in obtaining a pervaporation product having a high
mean ethanol concentration (up to 773 kg/m? for FBFPV
and up to 383 kg/m?® for BFPV). The ethanol can be used as

100

800 4
b
600 30
CEFr CEp
(eL) (L)
A00 20

Fig. 7. Dynamics of ethanol concentrations in the
permeate (a) and retentate (b) of pervaporation
device:(1) BF; (2) BFPV (A, =300 m, A =110 m?, F,=20
me/h); (3) BFPV (A, =470 m?, A =340 m?, F, =20 m*h);
(4) FBFPV (A,=300 m?, A =170 m?, F, =20 m*h); (5)
FBFPV (A =470 m?, Ap:340 m?, F =20 m*h)
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Table 5
MAIN RESULTS FOR BF, BFPV, AND FBFPV

EF

No. Operating mode BFPV EFFV | FEBFFV | FEFFV
1 | Surface area ratio, dydy - 300/170 | 470340 | 3007170 | 470/340
2 | Initial broth volume in the bioreactor, I (m?) 30 30 30 20 20
3 | Initial sugar concentration in the bioreactor, ¢ (kg/m®) 150 130 150 150 150
4 | Sugar concentration in the reactor feed, coF (kg/m?) - - - 250 250
5 | Processing time, tr(h) 100 100 100 100 100
6 | Final ethanol concentration in the bioreactor, cpr(kg/m™) | 70.86 0.13 24 14.39 .69
7 | Final sugar concentration in the bioreactor, csr(kg/m’) 0.623 0.28 0.092 012 0.07
3 I“.‘IE&_II. ethmfic-l concentration in th':a cﬂcullector of condensed ) 383 131 173.2 423

pervaporation permeate, cEm (kg'm?)
9 | Processed sugar mass (kg) 7469 7488 71503 14990 15010
10 | Produced ethancl mass (kg) 3583 3514 3636 7070 7080
11 | Produced carbon dioxide mass (kg) 3484 3467 3400 6860 G800
12 | Active cells mass at the end of the process (kg) 2579 2893 274.1 3297 432.7
13 | Died cells mass at the end of the process (kg) 2843 27216 2706 268.6 289.6
14 | Sugar conversion to ethanol (kg'kg) 04581 [ 0459 0465 0.481 0451

Water mass to be evaporated - - -
15 for producing 1 kg ofpahsnlute ethanol (kg'kg) 298 141 311 0.276 1.213

such or concentrated by pervaporation to absolute ethanol.
The water mass to be evaporated for producing 1 kg of
absolute ethanol was as follows: 0.276 kg/kg (A /A =300/
170) and 1.213 (A /A =470/340) for FBFPV, 1.41 g/f(g (A/
A =300/170) and 3.41 kg/kg (A /A =470/340) for BFPV,
anhd 9.98 kg/kg for BF, respectively. Moreover, at the end of
processing time (100 h), the sugar concentration in the
bioreactor was lower for FBFPV (up to 0.12 kg/m?®) than for
BFPV (up to 0.28 kg/m®) and BF (0.623 kg/m®), whereas
the sugar conversion to ethanol was almost invariant, i.e.,
0.459-0.465 kg/kg, irrespective of operating mode. The
main disadvantages of the BFPV and FBFPV operating
modes are the high surface area values of ultrafiltration
and pervaporation units and the clogging of ultrafiltration
surface.

Conclusions

A process of ethanol fermentation of glucose from
molasses sugars or starch hydrolysates coupled with
ethanol pervaporation has been analyzed. Classical batch
fermentation (BF), batch fermentation with external
ultrafiltration and pervaporation (BFPV), and fed batch
fermentation with external ultrafiltration and pervaporation
(FBFPV) were compared. The computation steps
considered for modelling of these operating modes were
as follows: (i) selection of the membrane type for the
ultrafiltration and pervaporation devices; (ii) modelling of
the ultrafiltration device in order to express the
transmembrane flux; (iii) modelling of the pervaporation
device for determining the permeate flux and separation
factor depending on the liquid composition and
pervaporation temperature; (iv) selection of the
fermentation kinetics; (v) establishment of characteristic
equations of each operating mode. The main advantage of
coupled processes consisted in controlling the inhibition
of fermentation process and in obtaining a pervaporation
product with a high ethanol concentration (up to 773 kg/
m?for FBFPV and up to 383 kg/m?® for BFPV for a processing
time of 100 h), whereas the major disadvantages of BFPV
and FBFPV were the high surface area of ultrafiltration and
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pervaporation devices and the clogging of ultrafiltration
surface.
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